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Abstract 
Calcium looping is a promising technology for CO2 capture as it may reduce considerably the energy penalty 
represented by the capture system. The CO2 capture efficiency will strongly depend on the reactor configuration, 
solids residence time and thermal operation. As these parameters are also interdependent, the impact on the process 
can be better understood by process modelling and flow modelling. Use of model results can be very valuable in the 
design of the process. Properties such as minimum fluidization velocity and void fraction related to limestone 
particles are important parameters for process simulations as well as for simulations of flow behaviour in the reactor. 
Limestone (calcite) with a high content of CaCO3 can be a good sorbent material as it is readily available at low 
cost. Limestone from a local cement plant was used in this study. The material which had been pre-crushed in a mill 
at the plant was classified into four different size classes: 120-150 μm, 150-180 μm, 180-300 μm and 300-500 μm. 
A lab-scale fluidized bed made in plexi-glass, with a diameter of 146 mm and a uniform air distribution, was used to 
determine the properties of the sorbent. Four separate experiments were run for each group of particles. The 
minimum fluidization velocity and the related void fraction were then determined. Multiphase flow simulations 
were then carried out, using the computational fluid dynamics (CFD) software BARRACUDA®. The simulation 
results compared reasonably well with the experimental results.                                                                                            
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Nomenclature 
݀௣ ൌ Mean particle diameter 
ݑ௚ ൌ Gas velocity 
ݑ௣ ൌ Particle velocity 
ߩ௚ ൌ Gas density 
ߩ௣ ൌ Particle density 
ߩҧ௣ ൌ Average particle density 
ߠ௚ ൌ Gas volume fraction (Initial) 
ߠ௣ ൌ Particle volume fraction (Initial) 
ߠ௠௙ ൌ Void fraction (at minimum fluidization) 
ߠ௖௣ ൌ Particle volume fraction at close packing 
݌ ൌ Gas pressure 
߬௚ ൌ Gas stress tensor 
݃ ൌ Gravitational acceleration 
ܨ ൌ Momentum exchange rate per volume 
between gas and particles 
ݔ ൌ Particle position 
ݐ ൌ Particle position 
௣ܸ ൌ Particle volume 
௕ܸ௘ௗ ൌ Volume of the particle bed 
௕ܸ௘ௗ೘೑ ൌVolume of the particle bed (at minimum 
fluidization) 
௦ܸ௢௟௜ௗ ൌ Volume of only the materials in the particle 
bed without pores in the particles 
௩ܸ௢௜ௗ௦ ൌ Volume of the voids in the particles bed  
ߛ ൌ Restitution coefficient 
݃௢ ൌ Radial distribution function 
ȣ ൌ Granular temperature 
ܥ ൌ Instantaneous minus hydrodynamic velocity 
of the particle averaged over the velocity 
space. 
ܨ௣ ൌ Particle drag force 
݉௣ ൌ Particle mass 
݉௕௘ௗ ൌ Mass of the particle bed 
ߤ௚ ൌ Gas viscosity 
ݎ௣ ൌ Particle radius 
ܪ ൌ Depth of the bed 
ܪ௠௙ ൌ Depth of the bed (at minimum fluidization) 
ܦ௕௘ௗ ൌ Bed diameter 
߶௦ ൌ Sphericity of particles 
Ȱ ൌ Porosity of the particles 
ߩ஺௉ ൌ Apparent density of the particles 
ߩ௠ ൌ Measured particle density 
1. Introduction 
Earth is in great danger due to global warming. The average temperature of the earth’s atmosphere and ocean is 
rising continuously. During the last 100 years, the average surface temperature has increased about 0.8OC[1]. 
Scientists are working on the topic are certain that the major cause for the global warming is greenhouse gases 
emitted due to human activities. Deforestation and burning of fossil fuels are the two main reasons. According to 
Robinsson et al. [2], the total industrial CO2 production, primarily from burning coal, oil and natural gas and the 
production of cement, is currently about 8Gt carbon per year. During the past 10 years, many political efforts have 
been made to force worldwide agreement to the Kyoto treaty[3]. Removal of CO2 from gas streams has been a 
crucial unit operation for many decades to avoid corrosion and also to improve the calorific value of gas streams. 
More recently CO2 reduction has become an urgent need due to the greenhouse effect. The most common 
technology for capturing CO2 is by using amine-based CO2 solvents to absorb CO2 from the exhaust gas. However, 
other concepts may be more attractive from an energy penalty point of view. Using a solid sorbent at high 
temperature is a concept which is now being widely considered as an alternative. Development of more advanced 
solid sorbents is a continuous process, but a challenge is high sorbent production cost. CO2 capture from flue gas by 
carbonate looping may be an attractive alternative due to the cheap and readily available sorbent (limestone). The 
calcium looping (CaL) process, first brought up by Shimizu et al.[4], is regarded as one of the potential 
technologies.  
In the CaL process, calcium oxide (CaO) is used as a regenerable solid sorbent to react with CO2. Due to the 
formation of calcium carbonate in the process, it is also called carbonate looping [5]. In calcium looping, calcium 
oxide (CaO) reacts with CO2 to form calcium carbonate (CaCO3) in a fluidized bed reactor (carbonator) at a 
temperature around 650 °C.  
The calcination reaction of CaCO3(s) [6], 
CaO(s) +CO2 (g) ĺCaCO3(s)   ǻHo = –178 kJ mol–1  
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The CaCO3 is separated from the cleaned exhaust gas by a gas/solid separator. In a second reactor, the calciner, 
CaCO3 decomposes into CaO and CO2 at a temperature close to 900 °C. The cleaned flue gas exiting from the 
carbonator can be released to the atmosphere. The regenerated CaO is separated from the CO2 in a gas/solid 
separator and recycled back to the carbonator. The basic idea is illustrated in the Figure . The fact that the heat 
transfer takes place at a temperature higher than the typical operational temperature of a coal fired power plant 
means that the energy penalty usually associated with CO2 capture processes can be greatly reduced. 
 
 
 
 
 
 
 
 
 
Figure  : Calcium looping cycle 
Many of the CaL concepts described in the literature [7-15] are based on fluidized bed (FB) technology. FB reactors 
are widely used in industry because of good mixing and a large contact area between the phases. It enhances the 
chemical reactions, heat transfer and mass transfer. Liquid like behaviour of the bed particles gives smooth, nearly 
isothermal operation conditions, and the operation can be easily controlled.   
In FB reactors, the CO2 capture efficiency will depend on the reactor configuration, solids residence time and 
thermal operation. As these parameters are also interdependent, the impact on the process can be better understood 
by process modelling and flow modelling. Use of model results can be very valuable in the design of the process. 
Properties such as minimum fluidization velocity and void fraction related to limestone particles are important 
parameters for the process simulations as well as for Computational Fluid Dynamics (CFD) simulations of flow 
behaviour in the reactor. Both bubbling and fast fluidization regimes are relevant. 
Limestone (calcite) with a high content of CaCO3 can be a good choice of sorbent material as it is readily available 
at relatively low cost. Precrushed limestone from a local cement plant was used in this study. The particles were 
classified into four different size classes.  The mean particles size ሺ݀௣ሻ  of each sample can be calculated as 
explained by Kunii and Levenspiel [16], equation no.(). 
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A lab-scale fluidized bed was used to determine the minimum fluidization velocity and the related void fraction. 
Pressure drop measurements along the particles bed were used to pinpoint the minimum fluidization velocity. The 
experimental results were then compared with the results from CFD simulations carried out with a CFD software 
BARRACUDA® version 16.0.5.  
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Numerous research articles are available on experimental work related to minimum fluidization velocity for 
different types of particles, but not many articles are available on limestone particles. The predictions of minimum 
fluidization velocity by using CFD are not that common and not many research articles are available. Pata and 
Hartman [17] studied the minimum fluidization velocity of lime and limestone particles in 1978. Their focus was to 
use limestone for commercial desulfurization of flue gas. By using air, set of experiments were carried out in an 
85mm column with particles of average size ranging from 100 to 810μm. The minimum fluidization velocities of a 
bed in the same size region were determined from a plot of pressure drops vs. velocity of air at room temperature. 
Their experimental results were compared with the computed values from available fluidization mathematical 
models such as Ergun[16] and Kunii and Levenspiel[16]. Sau et al. [18] studied the minimum fluidization velocities 
in tapered fluidized beds, and several experiments were carried out with regular as well as irregular particles 
including lime stone with different sizes (500, 600, 800μm) and void fractions(0.245-0.305). The sphericity and 
density of the limestone used were 0.85 and 2785kgm-3, respectively. Subramani et al. [19] studied the variation of 
minimum fluidization in limestone particles at elevated temperatures, and their study was limited to Geldart group-B 
powders. 
2. Computational model 
With fast growing computational power, CFD simulations have attracted the attention in gas solids fluidization 
research due to its capabilities of providing far more information of the hydrodynamics and the reactions than the 
experimental approach. Both the Two Fluid Method (TFM) [20, 21] and the Discrete Element Model (DEM) [22, 
23] are widely used in gas-solid fluidised bed CFD simulations. TFM treats gas and solid phases as interpenetrating 
continua  and pseudo-fluid rheological properties of the solid phase are calculated based on the Kinetic Theory of 
Granular Flow (KTGF)[21]. Liang et al.[24] found, based on their literature review, that simulating coarse particle 
are more acceptable than simulating Geldart A or C particles by using the TFM due to the effect of higher inter-
particle forces between smaller particles. The capability to deal with the effects of distribution of particle size and 
type together with TFM is not possible in some fluidized beds[24]. Deen et al. [22] mentioned as another drawback 
in TFM that it could overestimate the solids mixing in fluidized beds due to the omission of solids friction in the 
KTGF model. 
The DEM model represents the Eulerian–Lagrangian CFD approach, in which each particle is tracked individually, 
and all the collisions are calculated without the need to consider the solid rheology as in TFM [24]. DEM is usually 
seen as a reliable method to study the hydrodynamics of gas-solid fluidized beds[22], but DEM is usually not 
affordable for large fluidized beds with over 2×105 particles due to the huge demand of computer power[22]. 
However William and Snider come up with a new Eulerian–Lagrangian multiphase flow model named as 
Computational Particle Fluid Dynamics (CPFD) [25] also its’ commercially developed platform known as 
BARRACUDA®, DEM could also be applied to larger systems. Through the parcel (or computational particle) 
concept and the multiphase particle in cell (MP-PIC) method[25], simulating large industrial fluidized-bed reactors 
is possible. There are different drag models available and the EMMS [26-28] model used in this study. 
Qi et al. [27] studied the characteristics of gas-solid fluidized beds  together with CFD and combined the Eulerian 
approach with EMMS theory to develop a new theoretical model for the drag between the gas and solid phases in 
dense fluidized systems. Jayarathna and Halvorsen [29] also did some studies regarding the minimum fluidization 
velocity in a gas-solid fluidized bed. Their experiments were performed in a cylindrical bed with spherical glass 
particles as the bed material. Minimum fluidization velocity and the expansion of the bed heights were observed for 
two different powders (based on particles diameter) and their mixtures. The commercial CFD code Fluent version 
6.3 is used for the corresponding simulations using the Eulerian-Eulerian model.  
The role of the drag coefficient model was studied by Wang et al. [30] in simulating dense gas-solid flow. They 
presented a new drag force coefficient model based on the EMMS model by analysing the heterogeneous 
characteristics of the dense gas–solid flow. In addition, an experimental study was performed to investigate the gas-
solid two-phase flow behaviour in a dense circulating fluidized bed (CFB) reactor. The overall and local flow 
characteristics were determined by using the axial pressure profiles and solid concentration profiles. A research 
group from University of Athens and Centre for Research and Technology in Greece also did a detail study [31] on a 
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3D full-loop CFD isothermal simulation of a transparent plexi-glass small-scale CFB carbonator built by IFK, 
university of Stuttgart, Germany for the hydrodynamic investigation of the CFB reactor, utilized for the 
investigation of the calcium looping process. The work coupled the state of the art TFM approach with the advanced 
EMMS scheme for the calculation of drag exerted on the solid phase by the gas phase. Simulation results agreed 
quite well with experimental data, regarding the re-circulation flux and the pressure profile along the full-loop.  
Here in this work computational studies have been performed on a three dimensional fluidized bed. The model is 
based on the Eulerian–Lagrangian multiphase flow model. 
3. Computational set-up 
The simulations are performed for each classified particle samples (Table 1). The whole particle size range in 
each sample class is used for by specifying minimum and maximum particle diameters for each sample. The 
simulations are run with the same conditions as in the cold flow experiments.  
A three-dimensional Cartesian co-ordinate system is used to describe the cylindrical bed with a diameter of 
146mm and a height of 1.2m, (0.2m shorter than the actual bed height in order to reduce the computation time). The 
computational grid is shown in Figure 2. The mesh size is about 15mm with 8700 control volumes. The simulations 
have been run for 100 seconds for each gas flow rate. The total pressure is monitored at 2.5cm and 12.5cm (see 
Figure 3 ) above the distributor plate, i.e. same as in the cold flow experiments. 
 
Figure : Cylindrical mesh used in the simulations 
 
Figure : Transient data points for monitoring the total pressure 
3.1. Model description 
The continuity and momentum equations[20] for the gas phase without reactions and interface mass transfer in 
CPFD [25] [32]are, 
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where ݂ሺݔǡ ݑ௣ǡ ߩ௣ǡ ௣ܸǡ ݐሻ  is the particle probability function. The time evolution of ݂  is obtained by solving a 
Liouville equation for the particle distribution function [25]. 
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The EMMS drag model is used in the calculations[28], and 
The fluid drag on particles is  
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Table : Default model constant for EMMS model used in BARRACUDA®  
Model Constants 
co= 150 
c1= 1.75 
c2= 1 
c3= 0.15 
c4= 0.44 
c5= -0.576 
c6= 0.0214 
c7= 0.7463 
c8= 0.0044 
c9= -0.0101 
c10= 0.0038 
c11= 0.7789 
c12= 0.0040 
c13= -31.8295 
c14= 32.8295 
4. Experimental set-up and procedure 
A lab-scale fluidized bed with a uniform air distribution is used for the 
experiments (Figure 4) at ambient conditions. The bed is cylindrical and is 
made of Lexan plastic. The diameter and the height of the bed are 0.146m 
and 1.4m respectively. The gas flow rate is controlled by a pressure 
reduction valve and further with a Sierra mass flow controller. The setup is 
designed to record the pressure measurements online from 8 positions along 
the bed. The distance between two adjacent measuring points is 10cm, and 
signals are fed to a computer through a LabVIEW® programme. 
Limestone from a local cement plant is used in this study. The material was 
extracted from the raw material grinding process with relatively wide 
particle size distribution (about 100-10000 μm). The particles were then 
classified into four different size classes (120-150 μm, 150-180 μm, 180-
300 μm and 300-500 μm) by screening. The screening method reported by 
Wong is followed [34]. These size classes are within a size range which 
may be relevant in calcium looping when both reaction time and separation 
are taken into account. 
The particle density is measured separately for each particle class by a 
Pycnometer. According the Pycnometer density analysis method [35], the 
true volume of the solid materials in the particle is measured based on the 
Archimedes’ principle of fluid displacement and gas expansion(Boyle’s 
law). Ideally, a gas is used as the displacing fluid since it penetrates the 
finest porous assuring maximum accuracy. For this reason helium is used, 
since its small atomic dimension enables entry into crevices and porous 
approaching 0.2nm. In other words, the density measured here is not exactly the apparent particle density; it is the 
density of the materials in the particles excluding the porous. 
Measured particle densities by the gas Pycnometry method are shown in Table . Assumed all the pores of the 
particles are excluded from the measurements, which mean these values are the particle density at 0% porosity. 
Based on this assumption it is possible to illustrate the connection between the apparent particle density and the 
porosity of the particle as shown in equation () [By solving equation () to equation ()]. 
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Four separate experiments were run for each group of particle. A pouring bed height is 157mm. Initial bed weight is 
measured prior to each experiment. Pressure drop measurements along the particles bed were used to determine the 
minimum fluidization velocity. The initial void fraction and the void fraction at minimum fluidization are calculated 
based on weight, measured density and bed volume.  
Table : Experimental data 
Bed design 
Height  
Diameter 
1.4 m 
0.146 m 
Particle size range (diameter) 
Particle range 120-150 μm 150-180 μm 180-300 μm 300-500 μm 
Mean particle size  135 μm 165 μm 240 μm 400 μm 
Measured particle density (kg/m3) 2801 2795 2814 2834 
Fluidization air ( at ambient conditions)[34]
Density (kg/m3)  1.1707 
Viscosity (N.s/m2)*107 183.6 
5. Results and Discussion  
The minimum fluidization velocity was measured for the four different groups of particles. The results are presented 
in Figure  and compared to experimental data from Pata and Hartman[17].Simulations were carried out with the 
same groups of particles and the particle properties used in the simulations are presented in Table . The apparent 
densities are calculated based on typical limestone porosities reported in the literature. According to a report on 
particle porosity [37], the porosity of limestone particles can vary from 7 to 56%, hence the apparent density of each 
particle sample can vary as shown in Figure . Even though there is a considerable variation of the apparent particle 
density of the reference particles within the above mentioned porosity range, those are still within the Geldart B 
particle group as indicated in Figure . By averaging the reported limestone porosity data [37], the simulations for all 
the four samples are run with 30% particle porosity. Minimum fluidization velocities from simulations and 
experiments are in quite good agreement with each other, and they also comply well with literature data reported by 
Pata and Hartman [17]. A slight difference between the experimental data from this work and the literature data 
could be due to the higher uncertainty of the measurements they had with the technology in 1978. They used glass 
inserts in the particle bed for the pressure measurement and those probes could disturb the hydrodynamics of the 
bed. A slight deviation of predicted minimum fluidization velocity by the simulations, compared to the experimental 
data, could be due to the error related to the selected porosity of the particles. 
Table  : Basic particle properties used in the simulations apart from the default settings 
Particle size range (μm) 120-150 150-180 180-300 300-500 
Calculated apparent  
particle density (kg/m3) [at Ȱ ൌ ͵ͲΨ ] 
1961 1956 1970 1984 
Initial void fraction  0.35 0.34 0.32 0.31 
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Figure  : Minimum fluidization velocity versus mean particle diameter from the cold flow bed experiments, simulated values and literature data. 
 
Figure  : Particle apparent density variation based on the porosity of particles 
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Figure : Particles samples used in the experiments in Geldart’s classification of powders chart 
At a relatively low gas flow, the regime is at fixed bed conditions, and the pressure drop is approximately 
proportional to the superficial gas velocity. With a gradual increase in velocity the maximum pressure dropሺο݌௠௔௫ሻ 
of the fixed bed stage is reached, a value which is slightly higher than the static pressure of the bed. With a further 
gas velocity increase, the fixed bed unlocks, and the voidage increases from ߠ௚ to ߠ௠௙ at the minimum fluidization 
velocityሺݑ௠௙ሻ. As a result, the pressure drop of the bed drops to its static pressure [16]. Based on this behaviour it 
is possible to pinpoint the value of ݑ௠௙  in a pressure drop ሺο݌ሻ  versus superficial gas velocity ሺݑ௢ሻ  plot as 
explained by Kunii and Levenspiel [16]. Experimental and computational, Pressure drop versus superficial gas 
velocity for 120-150μm sized limestone particle are shown in Figure  
The predicted pressure profiles are quite accurate for the fixed bed, and slightly higher than the experimental values 
for the fluidized or bubbling bed. However, with increased velocities, above minimum fluidization, the predictions 
of pressure drop improve. An explanation to this may be that the EMMS drag model gives more accurate results 
with higher gas velocities, when particle to particle interactions are less pronounced. 
 
Figure  : Pressure drop versus superficial gas velocity for 120-150μm sized limestone particle 
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Figure  : Pictures from the BARRACUDA® simulations (120-150μm particles), changes of the particle bed with increased gas flow rate 
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In Figure , snaps from the 3D simulations with increased gas flow rates are presented The change of the bed height 
at the minimum fluidization stage is moderate, as visualized in the CFD simulations result plots, and it is difficult to 
measure the bed height for calculating the bed voidage at minimum fluidization ሺߠ௠௙ሻstage. Leva [38] has reported 
that for most solids a close approximation can be obtained by substituting the value ߠ௠௙ for the value ߠ௚ obtained by 
pouring the solids carefully from one container in to another. Pata and Hartmen [17] followed that procedure to 
determine the ߠ௠௙ in their experiments with limestone since they found it very difficult to measure the height. But 
Leva’s method is highly depending on the person that runs the experiments and the vibration from the surrounding. 
In this study the bed height measurements are taken and bed voidage is calculated [equation ()]. 
ߠ௠௙ ൌ ͳ െ ቆ
݉௕௘ௗ
ߩ஺௉ ௕ܸ௘ௗ೘೑
ቇ ൌ ͳ െ ቆ
Ͷ݉௕௘ௗ
ߨܦ௕௘ௗଶ ߩ஺௉ܪ௠௙
ቇ
 
 
Figure  shows the increment of the bed voidage in-between the initial and the minimum fluidization conditions for 
each particle sample. Increments of the bed voidage in between these 2 stages are smaller in the small particle 
samples compared to bigger particles. It is about 2.4% increase of the void fraction in 120-150μm particle sample 
and 8.2% increase in 300-500μm particles. It could be because of the inter particles forces are much stronger in 
smaller particle bed compared the bed with the larger particle. 
 
Figure : Difference between the void fraction at the initial and the minimum fluidization stages in the cold flow experiments (Mean particle 
diameter is used as the x-axis instead of the sample number) 
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6. Conclusion 
The apparent density of each particle sample can vary considerable based on the porosity of particles. Minimum 
fluidization velocities from simulations and experiments are in quite good agreement with each other, and they also 
comply well with literature data. The predicted pressure profiles are quite accurate for the fixed bed, and slightly 
higher than the experimental values for the fluidized or bubbling bed. The EMMS drag model gives more accurate 
results with higher gas velocities, when particle to particle interactions are less pronounced. Increments of the bed 
voidage in between these two stages are smaller in the small particle samples compared to bigger particles. It could 
be because of the inter particles forces are much stronger in smaller particle bed compared the bed with the larger 
particle. Measuring the particle porosity for the specific particle sample is recommended as the future work.  
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